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Integrated System of Fed Batch ABE Biosynthesis
and Solvent Recovery by Pervaporation
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Anaerobic fermentation of glucose substrate by Clostridium acetobutylicum bacteria at 34-39 °C produces
butanol, acetone, and ethanol solvents as metabolites. In the case of batch and fed batch bioreactors, the
control of butanol concentration in the fermentation broth is recommended for diminishing its inhibitory
effect on the bacterial system. Solvent recovery from batch or fed batch bioreactors by using an ultrafiltration-
pervaporation system could be an efficient solution to improve the process performances. A mathematical
model was developed in order to describe the dynamics of solvent production in an integrated system of fed
batch fermentation and solvent recovery. Simulations performed under various operating conditions were
used for optimizing the biosynthesis process, i.e., for maximizing the solvent production and minimizing the
substrate concentration in the fermentation medium. Initial substrate concentration in the bioreactor, feed
flow rate, feed substrate concentration, starting time of feed and ultrafiltration-pervaporation, surface area
of ultrafiltration and pervaporation units were selected as process control variables.
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Microbial synthesis of alcohol biofuels from renewable
resources is a major research direction in biotechnology.
Biobuthanol has recently received more attention due to
its potential to be an alternative fuel and fuel additive for
gasoline and diesel engines [1-5]. Moreover, it is widely
used as solvent, diluent, plasticizer, and chemical precursor
[1-3]. Biobuthanol is a characteristic metabolite of
anaerobic fermentation of sugars and starch by Clostridium
genus bacteria. Clostridium acetobutylicum, the most
studied and manipulated strain, is able to use a broad
variety of mono-, di-, and polysaccharides (e.g., glucose,
fructose, mannose, galactose, xylose, arabinose, sucrose,
lactose, dextrin, starch) as carbon source [1-3, 5-7].

 Until the middle of the last century, batch ABE (acetone-
butanol-ethanol) fermentation in the presence of
Clostridium acetobutylicum was applied on an industrial
scale to synthesize ABE solvents from food-based carbon
sources, especially corn mash [2,3,7]. Clostridial
fermentation is a two-phase process, where the bacteria
produce acetic acid (AA), butyric acid (BA), CO2, and H2
(acidogenic phase) and further the acids are converted
into ABE solvents (solventogenic phase) [1-3,5-7].
Temperatures of 34-39 °C and A:B:E mass ratio of 3:6:1
are typical for a batch fermentation process based on corn
mash [2,4,7,8].

After the second world war, as effect of a significant
increase in the food-based feedstocks, ABE production
obtained by industrial clostridial fermentation became
generally non-profitable compared to that derived from a
petrochemical route [1-3,7]. Consequently, until the early
1960s, almost all ABE fermentation plants in the USA and
Europe were replaced by petrochemical ones [2,3,7].

Nowadays, in the context of increasing demands for
alternative fuels, of interest in using the renewable
resources, as well as of the advances obtained in the field
of biotechnology and engineering, there is an obvious

tendency towards the renewal of experimental and
theoretical studies referring to ABE fermentation. In order
to improve the fermentation performances, extensive
researches have been done, including carbon source
selection and treatment, batch/fed batch/continuous
fermentation, and solvent recovery [1,2,5,7]. Clostridial
fermentation performances are significantly influenced by
the cost of carbon source (up to 79 % from the overall
solvent production cost) and inhibitory effect of butanol on
the bacterial system [2,6-8].

Low-cost wastes and by-products (e.g., molasses,
wheat straws, corn stover, cheese whey, spoiled grains
and fruits, fruit and wood waste) have been tested as
carbon sources for ABE fermentation [2-4, 6,7]. Moreover,
treatment methods of some feedstocks, especially
lignocellulosic biomass, in order to obtain fermentescible
sugars, have been established. Butanol inhibitionon results
in low levels of solvent concentration (<20 g/L) and
productivity (<0.3 g/(L×h)) in the fermentation broth [1-
3,6,7]. Studies reported in the related literature have
highlighted a diminishing of inhibitory effect by integrating
the fermentation and solvent recovery. Liquid-liquid
extraction [5,9-11], gas-stripping [12,13], adsorption [5,14],
perstraction [15], and pervaporation [4, 16-25] are the most
common methods used to recover the solvents from a
fermentation medium. The application of a suitable
recovery technique could heavily improve the solvent
production and carbon source utilization.

The performances of an integrated system of ABE
fermentation and solvent recovery by gas stripping were
evaluated in our previous study [26]. This paper has aimed
at modelling, simulation, and optimization the process of
ABE biosynthesis coupled with solvent recovery by
pervaporation. A mathematical model was developed to
describe the dynamics of clostridial fermentation of a
glucose substrate at 37 °C. Simulations were performed in
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Fig. 2. Ultrafiltration permeate flux vs. trans membrane pressure
and time (R0=41013 m-1, η=0.98 x 10-3 kg/(m×s),

rg/cXg=5´109 s-1)

Fig. 1. Scheme of fed batch reactor coupled with ultrafiltration and
volatile species pervaporation:  (1) bioreactor, (2) ultrafilter, (3)

pervaporation unit, (4) vacum pump, (5) condenser, (6) collector of
volatiles

order to determine the optimal conditions needed to
maximize the solvent production and substrate utilization.

Model of ABE fermentation coupled with ultrafiltration
and pervaporation
Physical model

The physical model describing ABE biosynthesis coupled
with ultrafiltration and pervaporation is schematically
illustrated in figure 1. The set-up consisted of a bioreactor
(1), an ultrafilter (2), a pervaporation unit (3), a vacum
pump (4), a condenser (5), and a collector of volatiles (6).
The ultrafiltration was needed in the system in order to
avoid the membrane fouling in the pervaporation unit.

The bioreactor (1) worked sequentially, i.e. batch (B)
mode in the first sequence, fed batch (FB) in the second
one, and further fed batch coupled with ultrafiltration and
volatile species pervaporation (FBUP). B operation mode
was switched to FB at a time τF (h), when a volumetric
flow rate F (m3/h) of glucose substrate (S) at a
concentration cSF (kg/m3) was fed into the bioreactor,
whereas FB mode turned into FBUP at a time τUP (h).

The process of ABE fermentation coupled with solvent
recovery occurred as follows: (i) a volumetric flow rate
(Fu) of fermentation broth left the bioreactor (1) and entered
the ultrafilter (2), where the bacterial cells were retained
in the retentate; (ii) the ultrafiltration retentate flow was
recycled into the bioreactor and that of ultrafiltration
permeate entered the pervaporation unit (3); (iii) the
pervaporation retentate was recycled into the bioreactor,
whereas the permeate vapour was condensed and further
fed into the collector (6).

Simplifying assumptions and equations
Bioreactor

The specific growth rate of Clostridium acetobutylicum
biomass (X) is estimated by eq. (1), where y is the
dimensionless cellular RNA (ribonucleic acid)
concentration, considered as a marker of the culture
viability, and 

minRNAc  is  the cellular RNA concentration (cRNA)
at µ=0 [5,26-28].
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Total and partial mass balances in the bioreactor are
expressed by eqs. (2)-(4), where V (m3) is the bioreactor
volume, F (m3/h) the feed volumetric flow rate, Fu (m3/h)
the volumetric flow rate leaving the bioreactor and entering
the ultrafiltation unit, Fr (m3/h) the volumetric flow rate
recycled into the bioreactor, ci (kg/m3) the concentration

of i species in the fermentation medium, ciF (kg/m3) the
feed concentration of i species, cir (kg/m3) the
concentration of i species recycled into the bioreactor, Ri
(kg/(m3×h)) the generation/consumption rate of i species,
and τ(h) the time.
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Ultrafiltration unit (UU)
Characteristic simplifying assumptions of UU were as

follows: (i) ABE biosynthesis process was neglected due
to the short residence time of ultrafiltration retentate; (ii)
ultrafiltration permeate did not contain cellular material;
(iii) solute species concentration was the same for
ultrafiltration retentate and permeate, i.e., cS, cA, cB, cE, cAA,
and cBA.

Ultrafiltration permeate flux, Ju (m3/(m2×h)), is an
important operating parameter characterizing the UU. As
the membrane fouling is neglected, it depends on the
membrane type, trans membrane pressure, biomass
concentration, and permeate viscosity [29-30]. In the
presence of bacterial fouling, Ju will decrease in time as
effect of formation of a gel layer on the membrane surface,
leading to an increase in filtration resistance. According to
membrane fouling model based on series resistances, the
permeate flux is expressed by eq. (5), where η(kg/(m×s))
is the permeate viscosity, R0 (m-1) the initial membrane
resistance, rg (kg/(m3×s)) the specific resistance of gel
layer, ∆p (N/m2) the trans membrane pressure, cX (kg/m3)
the biomass concentration in the bioreactor, cXg (kg/m3)
the biomass concentration in the gel layer, and τ (h) the
time [30, 31].
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For an UU based on a tubular ceramic membrane, the
reported values for R0 range from 2 x 1013 m-1 to 12  x 1013

m-1, depending on manufacture procedure [30-34]. Values
of rg/cXg between 3 x 109 s-1 and 8 x 109 s-1 can be selected
if the velocity of retentate, containing no more than 5 kg/
m3 of cells, is over 2 m/s [30]. Variation of ultrafiltration
permeate flux depending on trans membrane pressure and
time is shown in figure 2.
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The concentration of cellular material in the retentate
exiting the UU is given by the mass balances expressed by
eqs. (6) and (7), where Au (m2) is the ultrafiltration
membrane surface area.
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Pervaporation unit (PU)-condenser system
Experimental data reported in the related literature [4,16-

25] referring to membranes based on various polymers,
e.g., polydimethylsiloxane (PDMS), polyvinyl alcohol (PVA),
polytetrafluoroethylene (PTFE), were used in order to
develop a simple model for the PU-condenser system.
Accordingly, the total pervaporation flux, Jp (kg/(m2×h)),
may be estimated at 37 °C depending on butanol
concentration in the PU feed, cB (kg/m3), using eq. (8).
Moreover, the compositions of PU feed, ci (i=A, B, E, AA,
BA), and permeate leaving the condenser, cic, are correlated
by eqs. (9)-(14), where the subscript W refers to water.
Due to zero value of its vapour pressure, the glucose
substrate does not pass across the pervaporation
membrane, consequently cSc = 0.
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The density of condensed permeate, ρvc (kg/m3), was
determined by eq. (15), where ρι  (i=A, B, E, AA, BA, W) is
the density of i species at 37 °C. The concentrations of i
species (i=S, A, B, E, AA, BA) in the pervaporation
retentate, cip (kg/m3), were calculated by Eqs. (16)-(21)
based on characteristic mass balances of PU-condenser
system inputs and outputs.
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Collector of volatiles
The collector of volatiles was assumed as a perfectly

mixed vessel characterized by eqs. (22)-(27), where Vv
(m3) is the volume of collector liquid phase and civ (kg/m3)
the concentration of i species (i=A, B, E, AA, BA) in the
collector liquid.
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Integrated system of ABE fermentation and solvent recovery
According to eqs. (1)-(4), simplifying assumptions, and

correlations for estimating the generation/consumption
rate [28], characteristic total and partial mass balances of
the bioreactor are expressed by eqs. (28)-(38). Mass
balances of i gas species (i=CO2, H2) are given by eqs.
(37) and (38), where cgi (kg/m3) is the species
concentration in the gas phase above the fermentation
broth, klia (h-1) the volumetric mass transfer coefficient in
the liquid film, and kdi the distribution coefficient. Mass
transfer and distribution coefficients may be determined
based on the procedures presented in our previous paper
[26]. The mathematical model describing ABE
biosynthesis coupled with solvent recover y by
ultrafiltration-pervaporation consists of eqs. (28)-(38)
corresponding to the fermentation process in the bioreactor
and eqs. (22)-(27) characterizing the solvent recovery in
the collector of volatiles, where the parameters in eqs. (22)-
(38) are calculated using eqs. (5)-(21).
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Model restrictions corresponding to B, FB, and FBUP operating are given by Eqs. (39)-(41). Table 1 contains characteristic
values of kinetic (k1…k14) and Monod (KI, KS, KAA, and KBA) constants characterizing the ABE biosynthesis model.

 (39)

 (40)

(41)

Optimization case
The mathematical model was applied to solve an optimization case consisting in maximizing the final ABE production

(Fopt defined by eq. (42)) and minimizing the substrate concentration in the final bioreactor broth (cSf). This problem
required to obtain the optimal values of initial substrate concentration in the bioreactor fermentation broth (cS,0), feed
volumetric flow rate (F), substrate concentration in the bioreactor feed (cSF), starting time of feed (τF) and ultrafiltration-
pervaporation (τUP), surface area of ultrafiltration (Au) and pervaporation (Ap) units. Positive terms in the objective function
Fopt refer to carbon content of final (f) ABE production in the bioreactor and collector of volatiles, whereas negative terms
include carbon mass contained in the final amount of X, S, AA, and BA, as well as that corresponding to the initial ABE
amount in the bioreactor broth. Term coefficients in eq. (42) were calculated as ratio between the mass of carbon atoms
in i species molecule (gC/mol) and i species molecular mass (g/mol).

(42)

Table 1
KINETIC AND MONOD CONSTANTS FOR ABE BIOSYNTHESIS [28]

Results and discussions
A two-stage procedure was adopted in order to solve

the optimization case.  In the first stage, characteristic
objective functions Fopt and cSf of B-FB bioreactor were
optimizing considering cS,0, F=εV0, cSF, and τF as process
factors (manipulated parameters). Optimal values of

process factors obtained in the first stage were further used
as input constant parameters for the second optimization
stage, where objective functions corresponding to a B-FB-
FBUP system, i.e., Fopt(Au,Ap,τUP) and cSf(Au,Ap,τUP), were
optimized.
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In order to solve the optimization problem for B-FB
bioreactor, a second order (quadratic) response surface
(SORS) model with 4 factors was applied [35]. Minimal,
central (within the centre of experimental plan), and
maximal levels of process factors, as well as values of
fixed parameters are summarized in table 2. Table 3
contains the experimentation matrix corresponding to a
SORS model, where the dimensionless values of process
factors, xj (j=1...4), were determined by eq. (43) and those
of x’j by eq. (44). Characteristic regression coefficients of
SORS statistical models described by eqs. (45) and (46)
were calculated using eqs. (47)-(50).
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Table 2
INPUT PARAMETERS FOR ABE

BIOSYNTHESIS IN B-FB SYSTEM

Table 3
SIMULATION MATRIX FOR ABE BIOSYNTHESIS IN B-FB SYSTEM  USING SECOND-ORDER RESPONSE SURFACE (SORS) MODEL
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Fig. 6. Fopt,I and  cSf,I vs. x2 and x3 (x1= x4 = 0)

Fig. 7. Fopt,I and  cSf,I vs. x1 and x3 (x2= x4 = 0)
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Fig. 3. Fopt,I and  cSf,I vs. x1 and x2 (x3= x4 = 0)

Fig. 4. Fopt,I and  cSf,I vs. x3 and x4 (x1= x2 = 0)

Fig. 5. Fopt,I and  cSf,I vs. x1 and x4 (x2= x3 = 0) Fig. 8. Fopt,I and  cSf,I vs. x2 and x4 (x1= x3 = 0)

More simulations within the centre of experimental plan were performed in order to remove the non significant factors
and interactions in the statistical models defined by eqs. (45) and (46), resulting in objective functions described by eqs.
(51) and (52), where the functions Fopt0, cSf0, and cSf00 are given by eqs. (53)-(55). Graphical representations in figures 3-8
show the variation of characteristic objective functions of the first stage of optimization procedure, Fopt,I and cSf,I, with
dimensionless process factors. The ranges of process factor values for which the objective functions are simultaneously
optimized were selected based on these graphics. Optimal levels of dimensionless process factors and corresponding
values of objective functions are summarized in table 4. Results depicted in figure 9 referring to characteristic ABE
biosynthesis dynamics of B-FB bioreactor were obtained using values of process factors within the optimal ranges
specified in table 4, i.e., x1=-0.5 (cS0=75 kg/m3), x2=0.7 (F=0.07V0), x3=0 (cSF=150 kg/m3), and x4=0.4 (τF=12 h).

These optimal values of process factors were used as input fixed parameters (table 5) for the second stage of
optimization procedure, where characteristic objective functions of B-FB-FBUP system, i.e., Fopt,II(Au,Ap,τUP) and
cSf,II(Au,Ap,τUP), were optimized using a SORS model with 3 factors (table 6).
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Data summarized in table 6 emphasize that cSf is almost invariant with the process factors (Au, Ap, and τUP). In this case,
the optimization problem consisted in maximizing the objective function Fopt,II(Au,Ap,τP) defined by eq. (56). After removing
the non significant factors and interactions in eq. (56), the statistical model described by eq. (57) was obtained.
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Graphical representations in figures 10-12 show the
variation of objective function Fopt,II with dimensionless
process factors. Based on these graphics, optimal values
of process factors were determined as follows: x5=0,
x6=1.2, and x7=-1.2, corresponding to Au=40 m2, Ap=48
m2, and τPU=18 hr. Results depicted in figure 13 referring to
characteristic ABE biosynthesis dynamics of B-FB-FBUP
system were obtained using these optimal factor values.

Plots in figures 9 and 13 highlight that characteristic
process dynamics of bioreactor are almost invariant with
operation mode, i.e., B-FB (I) or B-FB-FBUP (II). However,

a slight increase in cellular content inside the bioreactor is
observed for operating based on the solvent pervaporation.
At the end of the process (100 h), a volume Vvf=18.2 m3 of
aqueous solution of ABE solvents was accumulated in the
collector of volatiles (fig. 13). Referring to ABE synthesis
performances in terms of final buthanol production (mBf,tot),
which was estimated by eqs. (58) and (59), an amount
almost 3 times higher was obtained using the integrated
system II (table 7).

IBfIfIBf cVm ,,, = (58)

BvfvfIIBfIIfIIBf cVcVm += ,,, (59)

Table 4
OPTIMAL LEVELS OF PROCESS FACTORS AND CORRESPONDING VALUES OF OBJECTIVE FUNCTIONS FOR

ABE BIOSYNTHESIS IN B-FB SYSTEM

Fig. 9. Dynamics of ABE biosynthesis in B-FB
system  (cS,0=75 kg/m3, F=0.07V0, cSF=150 kg/m3,
τF=12 h, cX,0=1.2 kg/m3, cB,0=0.5 kg/m3, cA,0=0.81

kg/m3, cE,0=0.24 kg/m3, cBA,0=4.78 kg/m3,
cAA,0=3.68 kg/m3, 0,2COc = 0,2Hc =0 kg/m3,

y0=1.2, V0=30 m3)

Table 5
INPUT PARAMETERS FOR ABE

BIOSYNTHESIS IN B-FB-FBUP SYSTEM
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Fig. 13. Dynamics of ABE biosynthesis in B-FB-
FBUP system (Au=40 m2, Ap=48 m2, τPU=18 hr,

cS,0=75 kg/m3, F=Fu=0.07V0, cSF=150 kg/m3,
τF=12 hr, cX,0=1.2 kg/m3, cB,0=0.5 kg/m3,

cA,0=0.81 kg/m3, cE,0=0.24 kg/m3, cBA,0=4.78 kg/
m3, cAA,0=3.68 kg/m3, 0,2COc = 0,2Hc =0 kg/m3,

y0=1.2, V0=30 m3)

Table 7
ABE BIOSYNTHESIS PERFORMANCES

Table 6
SIMULATION MATRIX FOR ABE BIOSYNTHESIS IN

B-FB-FBUP SYSTEM  USING SECOND-ORDER
RESPONSE SURFACE (SORS) MODEL

Fig. 10. Fopt,II vs. x5 and x6 (x7=0) Fig. 11. Fopt,II vs. x6 and x7 (x5=0) Fig. 12. Fopt,II vs. x5 and x7 (x6=0)

Conclusions
A mathematical model was developed to describe the

dynamics of ABE biosynthesis using Clostridium
acetobutylicum culture in a batch (B)-fed batch (FB)
bioreactor coupled with ultrafiltration (U) and
pervaporation (P) units. An optimization case consisting

in maximizing the final ABE production and glucose
substrate utilization was analyzed. Due to the large
numbers of process factors, i.e., initial substrate
concentration in the bioreactor (cS,0), feed flow rate (F),
feed substrate concentration (cSF), starting time of feed
(τF) and ultrafiltration-pervaporation (τUP), surface area of
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ultrafiltration (Au) and pervaporation (Ap) units, the
optimization problem was solved in two successive stages.

In the first stage, the simulation of B-FB process using a
SORS model with 4 factors (cS,0, F, cSF, and τF) has aimed at
identifying the optimal ranges of process factor values.
Values of cS,0, F, cSF, and τF within these optimal ranges were
used as input data for the second optimization stage,
wherein the B-FB-FBUP system was optimized using a
SORS model with 3 factors (Au, Ap, and τUP). The simulations
of process dynamics emphasized that the substrate
concentration in the final bioreactor was invariant with Au,
Ap, and τUP. Moreover, the final butanol production was about
3 times higher for the B-FB-FBUP system.
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